Interfacial areas and gas hold-ups were determined at pressures of up to 1.7 MPa in a glass vessel, 88 mm in diameter and of standard geometry. Superficial gas velocities between 0.25 and 2.0 cm/s were used and the stirring speed varied between 4 and 30 rps. The interfacial areas were determined by the chemical method, using the model reaction between CO, and aqueous diethanolamine (DEA). Hold-ups were determined by observation of differences in height. In contrast to literature indications, the gas hold-up was found to be independent of reactor pressure. This is also true for the interfacial area.
Introduction
Gas-liquid contacting is an operation often used in industrial processing. The gas-liquid mass transfer can represent a major limitation on the rate of absorption or desorption. The mass transfer coefficient, interfacial area and gas hold-up are largely determined by the choice of reactor type. In practice, they can be varied only within certain limits by changing flow rates, reactor geometry or agitation characteristics. The gas-liquid mass transfer rate can be improved by increasing the driving force for mass transfer. This can be achieved by increasing partial pressure of the component, which is being absorbed, or the total pressure in the reactor.
Only in the past two decades, research on the influence of operating pressure on mass transfer characteristics in different types of reactor has been reported although it has long been known that some high pressure gas-liquid reactors operate at extremely large gas hold-ups, see Tarmy et al. [I] . The scarce results, reported so far, for different reactors and gas-liquid systems are contradictory regarding the effect of operating pressure on interfacial area and gas hold-up. Changes of up to 200% in the gas hold-up were reported by Pijls et al. [ 2 ] , Idogawa et al. [3, 41 and Tarmy et al. [ l ] in two-and three-phase bubble columns operating at up to 15 MPa. On the other hand, gas holdup measurements reported by Vafopoulos et al. [ 5 ] , Deckwer et al. [6] and Kolbel et al. [7] in bubble columns at up to 2.0 MPa show no effect of the reactor pressure. The same contradictions were observed in the case of mechanically agitated reactors, where Vafopoulos et al. [5] and Albal et al. [8, 91 found no influence of pressure on the volumetric liquid phase mass transfer coefficient or the interfacial area, while Sridhar and Potter [lo, 1 11 report increases in interfacial area and gas hold-up of as much as 75 % for a pressure increase from 0.1 to 1 MPa. The above mentioned contradictory results can lead to considerable miscalculations, whichever correlation is adopted.
The object of the present investigation is to contribute to the understanding of the influence of operating pressure on mass trans-surface reactors, mechanically agitated reactors and bubble columns, seee.g. Albaletal. [8, 9] andVafopoulosetal. [5] . This appears obvious, since pressure does not exert any significant influence on surface tension, viscosity or density of the liquid.
In contrast, the mass transfer coefficient in the gas phase is affected by pressure sincediffusivity is inversely proportional to the total system pressure; in the case of ideal gases, the product of density and diffusivity of the gas phase remains constant. Versteeg et al. [ 141 report for a flat-surface reactor that the gas phase mass transfer coefficient is inversely proportional to the square root of total pressure, which is in accordance with the penetration theory.
Conflicting views prevail on the influence of operating pressure on the volumetric liquid phase mass transfer coefficient k,a in surface-aerated agitated reactors. Teramoto et al. [ 151 and Albal et al. [8, 91 reported no effect of pressures of up to 9.5 MPa in different gas-liquid systems with water, ethanol, p-xylene and paraffin wax as liquids. Deimling [16] measured a significant increase in kLa for three different Fischer-Tropsch type liquids, at pressures ranging from 1 to 5 MPa. In all three publications, no influence of pressure on k, in reactors with flat surfaces was observed. Thus, these three studies also lead to conflicting conclusions with respect to the interfacial area.
The same contradiction is found with regard to the influence of operating pressure on interfacial areas and gas hold-ups in mechanically agitated gas-liquid reactors. Vafopoulos et al. [5 j found no influence of pressures between 0.1 and 1 MPa in airwater systems while, within the same pressure range, Sridhar and The above review points to a consensus regarding the effect of pressure on bubble formation and mass transfer coefficient in the gas phase. It is also confirmed that the mass transfer coefficient in the liquid phase is independent of operating pressure. However, there appears to be a great deal of confusion regarding the effect of operating pressure in gas-liquid reactors on the mass transfer parameters such as the interfacial area and gas hold-up. A systematic investigation of these effects in different gas-liquid reactors appears justified.
Chemical Method for the Determination of Interfacial Areas
The chemical method was employed to determine the interfacial areas. The method is based on the theory of chemically enhanced absorption of a gas phase component A into a liquid where an irreversible reaction occurs with a liquid phase component B. By a careful choice of physico-chemical conditions, it is possible to determine a , k,a or kga, see Sharma and Danckwerts [18] and Westerterp et al. [19] .
The general equation for molar flux JA of a component A from the gas into the liquid phase is
where EA is the enhancement factor which accounts for the effect of chemical reaction on the rate of absorption.
Potter [ 10, 111 observed an increase of as much as 75 % in the interfacial areas and gas hold-ups for the system oxygencyclohexane. Sridhar and Potter [lo, 113 attributed the increase of the mass transfer parameters to the increase of kinetic energy of the gas inlet flow with pressure. In order to correlate their results, they modified the equations of Calderbank [ 171 by multiplying them by a factor (Et/P,)(e,/ eair)0.16, where the first term If the reaction is sufficiently fast to consume all A absorbed in the film or if the liquid bulk volume is much larger than the film volume, the bulk concentration of component A in the liquid phase, C,,,, is nil. In most gas-liquid reactors and systems with moderate reaction rates and low gas solubilities, no gas phase mass transfer limitation occurs and Eq. (1) becomes represents the ratio of the total kinetic and mechanical energy, supplied to the dispersion, to the power input by agitation only. A second correction for gas density had to be applied, so that it was not possible to correct for the influence of pressure solely by the increase of kinetic energy in the gas flow.
This was confirmed for a bubble column by Pijls et al. [2] , who found a twofold increase of the gas hold-up for a pressure increase of up to 2 MPa. They used an air-water system with different sparger rings and concluded that neither an increase in kinetic energy nor in momentum can explain the increase in the gas holdup. For different gas-liquid systems, Idogawa et al. [4] also found an increase in the gas hold-up with increasing pressures, up to 15 MPa. They also observed a decrease in the mean bubble diameter. Their findings imply quadrupled interfacial areas for a pressure increase of 0.1 to 5 MPa. The results reported in a threephase bubble column by Tarmy et al.
[ 1 j show a twofold increase in the gas hold-up with an increase in pressure from 0.12 to 0.62
MPa. In contrast to these three reports, Vafopoulos et a1 . [5] , Kolbe1 et al. [7] and Deckwer et al. [6] found no evidence of pressure influence on gas hold-ups and bubble diameters in two-and three phase bubble columns.
provided that
Using the Danckwerts penetration theory, the enhancement factor can be calculated from in which the Hatta number, Ha, is given by 1) List of symbols at the end of the paper. The reaction between oxygen and aqueous sodium sulphite solutions, catalyzed by cobaltous ions Co2 + , has been used extensively. However, there is still some controversy regarding the reaction kinetics and especially the order of reaction with respect to oxygen. This is probably the result of the reaction's sensitivity towards the impurities in water, the catalyst and the sulphite salt, see Linek and Vacek [20] . The main advantage of this reaction is the possibility of varying the rate constant over a wide range by changing the Co2 + catalyst concentration. However, the reaction is restricted to aqueous solutions and, furthermore, the noncoalescing behaviour of this ionic system also limits its use, see Bartos and Satterfield [21] .
The reaction between CO, and aqueous amine solutions was first introduced by Danckwerts and Sharma [22] . Later, Sridharan and Sharma [23] showed that the reaction between CO, and amines in organic and viscous solutions can also be employed for this purpose. The rate of reaction can be varied by choosing different amines. In recent years, amines have been used to determine mass transfer parameters in different reactors, see e.g. Metha and Sharma [24] , Midoux et al. [25] , Versteeg [26] and Bartos and Satterfield [21] . The advantages of reactions between CO, and amines are: the possibility of setting up different regimes of the chemical method by selecting different amines and different concentrations. the possibility of employing aqueous, organic and viscous solutions. the certainty of the reaction order with respect to CO, being unity.
The main disadvantage is the rather high solubility of CO, compared to those of other gases: this generally results in high CO, conversions, making the evaluation of the mass transfer parameters sensitive to the chosen gas-phase mixing model.
Experimental

I 7he Chemical System
Blauwhoff et al. [27] reviewed the available data on the kinetics of primary (MEA), secondary (DEA, DIPA) and tertiary (TEA, MDEA) alkanolamine solutions in water and provided additional data for DEA, DIPA, TEA and MDEA at 298 K. From their results, it can be concluded that aqueous solutions of diethanolamine (DEA) at 298 K fulfil the criteria for the chemical method to measure interfacial areas in a mechanically agitated gas-liquid reactor.
Commercial grade aqueous 80 vol-% DEA solutions with a purity of > 98 % and supplied by BASF were used in the absorption experiments. The reaction rates of this amine were determined and compared with the results of Blauwhoff et al. [27] and Versteeg and van Swaaij [28] . An excellent agreement between reaction rates at 298 K was found for DEA concentrations between 0.5 and 2.0 mol/l. The kinetic experiments were carried out in stirred vessels with a smooth gas-liquid interface. The experimental set-up was identical to that of Blauwhoff et al. [27] ; in the present experiments, pressure decrease was monitored by apressure transducer connected to a microcom uter which calculated the absorption rate constant rn & A directly, using Eq. (1 1). The pseudo-first order overall reaction rate constant k,, = k1,,( CB,L)p can be evaluated from this constant.
The overall rate constants were determined separately for the first twenty fresh or regenerated batches of DEA solutions as used in own absorption experiments: no significant influence of impurities or degradation products was detected.. For subsequent batches, k,, was not determined any more. Nor is the overall rate constant influenced by the C0,-load in the liquid. This indicates that thedeprotonationof the "zwitterion" is not influenced by the hydroxyl ion and the absorption rate of CO, is not affected by the bicarbonate formation reaction, see Blauwhoff et al. [27] .
Eq. (1 1) can be applied without the knowledge of the exact values oftheparametersrn, k,,,, c,,,,pandD,providedthat it iscertain that E A = Ha. In this case, the value of the absorption rate constant, as directly evaluated from a kinetic experiment, can be used. This eliminates the uncertainties of calculation, estimation and measurement of separate parameters.
About 70 kinetic experiments were performed in order to find an empirical correlation between the absorption rate constant rn Jkl,,(C,EA,L)p Dco2 and the free DEA concentration in the range between 0.2 and 2.0 mollkg at 298 K. The correlation is given in Table 1 Possible reversibility of the relevant reactions was not taken into account. Actually, amines do react reversibly with CO,. Versteeg et al. [29] showed that, in the case of large deviations from irreversibility, the application of the above equations to kinetic and absorption experiments can result in considerable errors. Using their numerical model, the authors checked this for different CO, partial pressures, DEA concentrations and conversions. It was concluded that no serious deviations from irreversibility occurred in own kinetic and absorption measurements.
Experimental Set-up
The absorption experiments were performed in a mechanically agitated reactor, see Fig. 1 , made of glass and operated continuously with respect to the gas and the liquid phase. The reactor can be operated at pressures of up to 2.0 MPa and is thermostatically controlled at 298 K. It has a diameter T = 8.8 cm and is equipped with a standard six-bladed disc turbine with a diameter of DiIT = 0.4, installed at a height of h / T = 0.33 above the flat bottom plate. The reactor contains four baffles WIT = 0.1 wide. The dispersion level is maintained at a height of HIT = 1 by using an overflow vessel. A gas mixture of CO, and N, is introduced into the reactor via a sparger located centrally below the impeller. The sparger is either a sintered plate of di = 1 .O cm and d = 30 pm or a single orifice of di = 3.0 mm.
Nitrogen and carbon dioxide are supplied via four mass flow controllers keeping the inlet gas flow rate and gas composition constant. Applied flow rates ranged for N, from 0 to 9 m i / h and for CO, from 0 to 0.3 nii/h. Reactor pressure is controlled in the outlet gas flow by a back pressure regulator. The C0,-concentrations in the gas in-and outflow are monitored continuously by a gas chromatograph controlled with an integrator. into the regeneration vessel. This vessel has a volume of V, = 60 I; therein CO, is continuously stripped from the solution with nitrogen at temperatures between 350 and 370 K. Regenerated solutions are recycled to the storage vessel and used for new absorption experiments.
The stirring speed can be varied between 0 and 35 rps and is monitored by a tachometer. The liquid feed is thermostated at 298 K, the temperature of the gas feed is kept at 298 K via an electric heating coil. Reactor pressure and temperature, in-and outlet temperatures and the set points of mass flow controllers and of the pump are continuously monitored by a microcomputer which calculates the flow rates and superficial gas velocity and displays the process conditions.
The set points can be adjusted automatically by the microcomputer. Other process parameters such as the stirring speed, the DEA and the CO, concentrations in the liquid feed and the CO, concentrations in the gas flows are fed manually to the computer.
After an experiment, all data are stored in data files to be processed later by data manipulation programs.
Results
Visual and Photographic Observations
In order to make preliminary qualitative assessment of the reactor's performance at elevated pressures, several photographs were taken of a nitrogen in water dispersion, at different pressures. A sintered plate was used as gas distributor in these experiments. Some photographs are presented in Figs 2 , 3 and 4. Fig. 2 shows photographs at three different stirring speeds ofN = 1 1.7, 15 and 25 rps, at constant pressure of P = 0.1 MPa and constant superficial gas velocity of u, = 0.5 cm/s. The gas hold-up clearly increases with increasing stirring speed. The critical stirring speed No for a fully developed dispersion, see Westerterp et al. [30] , is between 11.7 and 15 rps. Figs 3 and 4 show photographs of the dispersion at the same stirring speeds and superficial gas velocities but two different pressures, i.e. P = 0.6 and 1.1 MPa. Both sets show an increase in the gas hold-up with increasing stirring speed; the critical speed No again lies between 1 1.7 and 15 rps .
At constant stirring speed, an increase in the gas hold-up with increasing pressure is observed. This is in contrast to the findings of Vafopoulos et al. [5] who, on taking photographs, found no in-
The Experimental Procedure
Before each absorption experiment, the desired reactor pressure, superficial gas velocity, CO, fraction in the gas feed and the estimated DEA and CO, concentrations in the liquid feed are fed into the computer which then calulates the set points for mass flow controllers and liquid pump. The liquid flow rate is adjusted on the basis of a maximum permissible DEA conversion of 20% if all CO, is absorbed from the gas phase. At atmospheric conditions, the mass transfer coefficient in the gas phase k, is two to three orders of magnitude larger than the mass transfer coefficient in the liquid phase k,. Taking into account the inverse proportionality between k, and 0, as found by Versteeg et al. [14] , gas phase resistance accounts for less than 10% of the total resistance to mass transfer at 2.0 MPa and is (1 1) are met and the interfacial area can be calculated directly therefore neglected. Thus, all the criteria for application of Eq. In a series of absorption experiments at different CO, conversions (40 -99 %), the sensitivity of the present interfacial area determinations towards CO, conversion in the gas phase was examined for the two extreme RTD's. Experiments were carried out with a sintered gas distributor at four superficial gas velocities, i.e. ug = 0.259
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0.75 and .OO cm/s, resPective1y7 and at three stirring speeds of N = 8.3, 16.7 and 25 rps. These experiments were carried out at seven pressures of P = 0.11,0.2,0.3, 0.5, 0.7, 0.9 and 1.1 MPa, respectively.
Evaluation of Chemical Absorption Experiments
In order to determine the interfacial area from an absorption measurement, the liquid phase is assumed to be completely mixed. The DEA concentration is corrected for the CO, load in liquid feed and the amount of CO, absorbed. The absorption rate constant is then calculated from Eq. (12) and interfacial areas found by combination of Eqs (1 1) and (16) Interfacial areas measured at P = 0.3 MPa are plotted versus stirring speed in Figs 5 and 6 , for RTD's in the gas phase corresponding to those of a CSTR and a PFR. The experimental data are given in Table 2 .
Evaluation of these experiments under the assumption of a completely mixed gas phase at the two lowest gas velocities and the The relatively high solubility of CO, can produce high CO, conversionsinthegasphase. FromEqs(l7) to(l9)itcanbeseenthat:
a) large differences between the calculated mass transfer parameters are obtained for the two extreme gas phase RTD's.
b) large errors in the calculated mass transfer parameters are obtained even for a small deviation from an assumed mixing behaviour of the gas phase.
Despite extensive research over many years, on mechanically agitated gas-liquid reactors, only limited data are available on the RTD in the gas phase. confirmed that, for all practical purposes, in the case of coalescencing systems and gas phase conversions below 80%, the gas phase can be considered as completely mixed. highest stirring speeds results in extremely large values for the interfacial areas. This is attributed to very high CO, conversions in the gas phase, i.e. in excess of 90%. Assumption of plug flow behaviour for the gas phase results in an increase of interfacial area with increasing gas velocities and stirring speeds. The deviation of the interfacial area at ug = 0.25 cm/s and N = 25 rps, shown in Fig. 6 , suggests a partial depletion of the gas bubbles.
Westerterp et al. [29] showed that, for N< No, the interfacial area is scarcely affected by agitation and depends only on the superficial gas velocity whilst, for N> No, the interfacial area varies directly with stirring speed and is not affected by superficial gas velocity. This was confirmed by Mehta and Sharma [24] and by van Dierendonck [36] and, forN< No, by Sridhar and Potter [ 1 11. Sridhar and Potter [ 1 I] observed that, only at N > No, the interfacial area and gas hold-up are affected by the superficial gas velocity.
Based on these literature data and on experimental results, it was established that, for N > No and CO, gas phase conversions below SO%, interfacial areas can be calculated accurately on the assumption of a completely mixed gas phase. For N < No and CO, gas phase conversions below 40%, the assumption of a completely mixed gas phase also results in fairly accurate values of interfacial area.
Interfacial Areas
These conditions lead to an experimental restriction in the use of superficial gas velocities of ug = 0.50, 0.75 and 1.00 cm/s or higher, at stirring speeds ofN = 11.7,16.7 and25 rps respectively. In the following, only experiments, performed at superficial gas velocities in excess of the minimum permissible ones, are presented. The interfacial areas are calculated on the basis of a completely mixed gas phase.
The interfacial areas measured at ug = 1 .OO cm/s are plotted versus the reactor pressure in Fig. 7 : there is no evidence that pressure exerts any influence at all. The interfacial areas measured at ug = 0.50 cm/s and N = 11.7 rps as well as at ug = 0.75 cm/s and N = 11.7 or 16.7 rps do not show any influence of the reactor pressure either. At stirring speed ofN = 16.7 rps, i.e. above the critical speed No, an additional series of experiments was carried out with a single orifice as the gas inlet. Interfacial areas were measured at three superficial gas velocities of ug = 1.00, 1.50 and 2.00 cm/s respectively and seven pressures of up to 1.7 MPa. The results are plotted in Fig. 8 and, again, the influence of operating pressure is insignificant. The accuracy of the individual determinations is f 5 % . No distinction can be made between interfacial areas for the three superficial gas velocities on account of accuracy and the fact that ug has little influence on interfacial areas at N = 16.7 rps which is just above No.
Again, no influence of pressure on interfacial areas was observed in any of the present experiments. This is in contrast to the findings of Sridhar and Potter [ 111 who used a light transmission probe to determine the interfacial areas. They report increases in interfacial areas of as much as 75 % for a pressure increase of up to 1.1 MPa. The two non-foaming systems are compared in Fig. 12 for both superficial gas velocities: the gas hold-ups in the DEA solution are lower than those in water.
Gas Hold-up
Discussion and Conclusions
The absorption experiments are laborious and time consuming. Additional gas hold-up measurements were carried out in order to obtain a rough assessment of the influence of operating pressure on the gas hold-up. The gas hold-ups were determined by measuring the difference in height between the gassed and non-gassed dispersion levels. The surface is severely disturbed at stirring speeds below N = 10 rps by irregular outbursts of large Using the manometric method, Sridhar and Potter [ 101 also determined an increase in the gas hold-up with increasing reactor pressure. They corrected their measurements for the dynamic pressure difference resulting from the radial and tangential flow of the liquid. In the authors' experience, this dynamic pressure difference is very sensitive to the location of sampling points and leads to considerable errors, especially in small mechanically agitated reactors. The determination of the gas hold-up on the basis of height differences can also lead to errors, especially at low stirring speeds and in foaming systems. For this reason, more gas hold-up measurements in different gas-liquid systems should be performed, aiming at an explanation of the difference between own results and those of Sridhar and Potter [ 101. It is obvious that the fact of gas hold-ups being independent of pressure supports the results of interfacial area determinations.
The use of Eq.
( 1 8) is restricted to a micromixed gas phase. In the mechanically agitated reactor, the gas phase is subject to finite coalescence and redispersion rates and bubble diameters are not uniform. If the absorption process is of first order with respect to the component being absorbed from the gas phase, which is the case for own CO, system, Eq. (18) can also be applied to a completely segregated gas phase with a uniform bubble diameter, see Hanhart et al. [33] . Compared to a bubble column, the bubble diameter distribution in the mechanically agitated reactor is rather narrow but still not uniform. This means that, for higher C 0 2 conversions, bubble size distribution, as explained by Midoux et al. [38] and Schumpe and Deckwer [39] , should also be taken into account.
Based on the scarce literature results on the RTD of the gas phase together with the characteristic behaviour of the reactor and own experiments, it may be concluded that, as a rule, at stirring speeds in excess of the critical speed No, the gas phase is completely mixed. Furthermore, it may be concluded that, in order to calculate realistic values, the CO, conversion in the gas phase must remain below 80 % . The first conclusion agrees with the findings of Mehta and Sharma [24] and both agree with those of Hassan and Robinson [35] . Therefore, the interfacial areas, calculated from own experiments, appear realistic and accurate.
In a small mechanically agitated reactor, no influence of operating pressures up to 1.7 MPa on the interfacial areas in an aqueousDEA solution was observed. In this system and in water, no influence on the gas hold-up was found in this pressure range either. Before a general conclusion can be drawn, regarding the influence of operating pressure on the mass transfer parameters in a mechanically agitated gas-liquid reactor, more experimental work in larger vessels is required. The present study indicates that the correlations for mass transfer parameters, based on the experiments at atmospheric pressures, can also be applied to high pressure mechanically agitated gas-liquid reactors. 
